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Abstract: Methanol is one of the most important feedstocks for the chemical, petrochemical, and energy
industries. Abundant and widely distributed resources as well as a relative low price level make
natural gas the predominant feedstock for methanol production. Indirect synthesis routes via reforming
of methane suppress production from bio resources and other renewable alternatives. However, the
conventional technology for the conversion of natural gas to methanol is energy intensive and costly in
investment and operation. Three design cases with different reforming technologies in conjunction with
an isothermal methanol reactor are investigated. Case I is equipped with steam methane reforming for
a capacity of 2200 metric tons per day (MTPD). For a higher production capacity, a serial combination
of steam reforming and autothermal reforming is used in Case II, while Case III deals with a parallel
configuration of CO2 and steam reforming. A sensitivity analysis shows that the syngas composition
significantly affects the thermodynamic performance of the plant. The design cases have exergetic
efficiencies of 28.2%, 55.6% and 41.0%, respectively. The plants for higher capacity can produce at a
competitive price, while the design in Case I is hardly economically feasible. An exergoeconomic analysis
reveals a high cost impact of the reforming unit, air and syngas compressors.
Keywords: methanol production; methane reforming technologies; isothermal reactor;
economic analysis; exergoeconomic analysis
1. Introduction
Methanol is rated among the most important feedstocks for the chemical, petrochemical and
energy industries, with a worldwide production of 83 million metric tons in 2015. The global production
is forecasted to grow annually by an average rate of 7.2% to reach 117 million metric tons in 2020 [1].
The industrial applications range from the further processing to bulk chemicals, e.g., formaldehyde
and acetic acid, to the production of synthetic fuels, including methyl-tert-butylether (MTBE) and
dimethylether (DME). The increasing demand will particularly be driven by energy applications,
which today already account for 40% of the methanol consumption [2]. Applications in the energy
sector mainly include refined product displacement, in the form of methanol to olefins (MTO) and
gasoline blends [1,2].
Methanol can be synthesized from any hydrocarbon source, including renewable and fossil
resources, via direct and indirect conversion processes. Direct synthesis processes (e.g., the direct
selective oxidative transformation of methane) have the major advantage of avoiding the energy
intensive step of syngas production, but are technically difficult to accomplish. The main disadvantages
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refer to a low conversion of the feedstock and the production of undesired byproducts, due to the
higher reactivity of the oxidation products compared to methane [3].
Although direct processes are getting more into the focus of research, industrial methanol is
exclusively produced by indirect conversion routes via syngas production. Since synthesis gas routes are
capital intensive, there is a great interest in optimizing the process concepts. Due to abundant resources,
a low-price level which is subject to moderate volatilities, and low content of impurities, natural gas is the
predominating feedstock for methanol production. In general, a synthesis route comprises a pretreatment
of natural gas, a reforming unit for syngas generation, a gas conditioning section, a low-pressure methanol
synthesis unit and several distillation columns for product purification. The reforming of natural gas has
been investigated thoroughly in the literature and has been commercially applied to the most important
branches of chemical industry [4,5]. From an economic point of view, the highest sensitivity of the
overall cost of a methanol plant is related to the reforming section, accounting for more than 60% of the
capital investment. Catalytic steam reforming of methane (SMR) is the most widely used technology
for syngas generation in methanol plants, while the implementation of alternative technologies such
as autothermal reforming (ATR), dry methane reforming (DMR) and gas heated reforming (GHR)
has started in the last decade. The variety of available reforming technologies differs in construction,
in supply of reforming agents and in operation conditions. Accordingly, the reaction turnover and the
syngas composition vary significantly. Therefore, the choice of a reformer option decisively determines
the plant design. The consideration of alternative reforming technologies resulted from the ever-rising
single train capacities and the economies of scale. The capacity of new plant constructions increased
from 2.500 MTPD a decade ago to about 5.000 MTPD today [6,7]. The SMR technology is typically
applied to plants with a maximum capacity of 2.500 MTPD, while oxygen-based technologies (and
combinations of ATR and SMR) cover the range above. The capacity demarcation is caused by the
economies of scale being different for the tubular reformer and the oxygen plant that is required for the
supply of gaseous oxygen (GOX) to the ATR [8]. Operation parameters and syngas production concepts
incorporating SMR technology have been investigated intensively in [9,10]. Data on parameters and
consumption for two-step reforming concepts (SMR + oxygen blown secondary reformer) and ATR
are reported in [7,8]. Dry Methane Reforming by CO2 (DMR) is a new technology that has been
first implemented on an industrial scale in a methanol plant in Shriaz (Iran) in the year 2002 [11].
The chemistry and thermodynamics of DMR have been analyzed in [12,13], while Baltrusaitis et al.
investigated the economics of integrated syngas production concepts for DMR [14]. Noureldin et al. [15]
examined the carbon fixation potential of DMR in combination with other reforming technologies
and reported an inverse relationship between CO2 fixation and an optimal composition for liquid fuel
synthesis. Luyben [16] studied a parallel DMR and SMR process and analyzed the thermodynamics
and the potential for Fischer-Tropsch syngas generation. A techno-economic analysis on a similar
process design was conducted by Zhang et al. [17]. They reported an economic feasibility for a
capacity range of 2500–5000 MTPD. Machado et al. [18] compared a conventional production process
from syngas with a pure hydrogenation of CO2 for methanol synthesis. They studied the operation
conditions and set up a comparison in terms of energy consumption and CO2 emissions. Luu et al. [19]
investigated six different scenarios of syngas production from four integrated methane reforming
technologies. The comparison revealed significant differences based on methane and energy intensity.
The authors of [20] conducted an exergy analysis on a commercially available low-pressure synthesis
process based on SMR and reported an exergetic efficiency of 39%.
This paper analyzes three cases for indirect process routes for the production of methanol
from natural gas. The base case (Case I) includes a conventional synthesis route based on SMR
in combination with an isothermal synthesis reactor for a production capacity of 2.200 MTPD. To meet
a greater capacity range of around 4.700 MTPD, a combination of SMR and ATR is used in conjunction
with an isothermal reactor (Case II). Case III refers to syngas production by SMR and DMR for a similar
production capacity. Rigorous simulations are performed on commercially available process units
implemented in new plant concepts for optimal synthesis routes. Sensitivity analyses are conducted to
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investigate the chemistry and the thermodynamics of the most important equipment. Subsequently, the
three scenarios are subject to an exergetic and an economic analysis before an exergoeconomic analysis
identifies the components with the highest cost impact. Furthermore, design (structure) and parametric
optimization are discussed.
2. State of the Art
The commercial routes for the production of methanol via indirect processes include a cleaning
unit for the pretreatment of natural gas (sub-system I), before the conversion to syngas takes place in a
reforming unit (sub-system II). Various processes for the production of syngas from natural gas exist,
whereby the main technologies are covered within this work.
Depending on the reforming technology, the syngas has a typical composition deviating from the
stoichiometric composition required by the synthesis unit (Table 1). Therefore, for an adjustment of the
composition, several syngas conditioning and reforming technologies are used and combined. The syngas
in methanol synthesis should have a balanced composition of CO, CO2, and H2, which is expressed by
several stoichiometric measures. There is still a disagreement about the ideal composition of a syngas in
methanol applications, since the reaction mechanism over CO and CO2 in reactions (2) and (3) has not
yet definitely been clarified. Several studies characterize the composition simply by using the H2/CO
ratio, which equals 2 in the ideal case. In this approach, the hydrogenation of CO2 via reaction (3) in the
stoichiometric consideration is neglected. Although the methanol synthesis is assumed to proceed mainly
over CO, the reaction is 100 times faster in the presence of CO2 [21]. Taking into account the role of CO2,
a second parameter referred to as stoichiometric module (S module)
S = (H2 − CO2)/(CO + CO2) (1)
CO2 + 3H2 → H2O + CH3OH (−49.7 kJ/mol) (2)
CO + 2H2 → CH3OH (−90.7 kJ/mol) (3)
CO + H2O→ CO2 + H2 (41.0 kJ/mol) (4)
is proposed to describe the stoichiometry of both reactions. With respect to commercially used
copper-based catalysts, the module ideally has a value of slightly above 2 [22]. Typically, the feed
gas composition for methanol synthesis is adjusted to contain 4–8% CO2 for maximum activity and
selectivity [23]. Commercially used catalysts show a high reactivity in reaction (4), whereby CO
is involved in the water-gas shift reaction (WGS). Therefore Dybkjaer et al. [24] counter, that the
stoichiometric module is not adequate to reflect the reactivity of a syngas, since the measure is
independent of the WGS reaction. Instead they suggest using the CO/CO2 ratio for this purpose,
whereby the conversion rate increases with the ratio.
Table 1. Overview of the main reforming reactions.
Reforming Type Main Reactions ∆h0
SMR [25]
CH4 + H2O→ CO + 3H2 206 kJ/mol
CO + H2O→ CO2 + H2 −41 kJ/mol
ATR [10]
CH4 + 1.5 O2 → CO + 2H2O −520 kJ/mol
CO + H2O→ CO2 + H2 −41 kJ/mol
CH4 + H2O→ CO + 3H2 206 kJ/mol
DMR [10,26] CH4 + CO2 → 2CO + 2H2 247 kJ/mol
The effluent from the syngas conditioning unit is compressed in a multistage reactor system to
overcome the difference in operating pressure between the reforming unit and the methanol synthesis
(sub-system III). The synthesis reactors are based on two major technologies: Direct cooled reactors
which are designed as multi-tube reactors and adiabatic fixed-bed reactors with quench gas cooling.
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Low product yields require a recycle of unreacted syngas to the reactor inlet: A purge is used to keep
the inert gas content at a suitable level. The crude methanol is degassed by flash and fed to a multi
distillation column system (sub-system IV).
In the following the major process equipment is investigated to enable an understanding of the
synthesis routes of the three analyzed cases. The final scenarios are described in detail in Section 4.
2.1. Reforming Technologies
Several reforming technologies are applied for syngas generation from natural gas: Steam methane
reforming, autothermal reforming and dry methane reforming. Regarding the syngas production,
steam methane reforming (SMR) is a proven and the most widely applied technology. In SMR,
methane reacts in a highly endothermic reaction with steam over a catalyst, typically based on nickel,
at temperatures between 800–1000 ◦C and pressures in the range of 20–30 bar [4,25,27].
The strongly endothermic reaction mechanism is associated with a high heat duty, which is
supplied through the combustion of fuel or unreacted syngas from the synthesis unit in a reformer
furnace. The large steam requirement at steam to carbon ratios above 3.5 results in large mass flows
downstream the reforming unit. In consequence, the size and capital expenditures (CAPEX) for the
components in the synthesis and distillation unit are high compared to process routes with alternative
reforming technologies. Moreover, the supply of additional fuel to the reformer furnace and the high
electricity consumption for compression units in the synthesis loop cause high operation costs (OPEX).
The upscaling of SMR-based methanol production is only economically justifiable in a single train
capacity of up to 2500 MTPD. Above this capacity, other reforming technologies become beneficial,
since the economies of scale effect has a stronger impact on their cost reduction [8]. For a capacity
range of 2500 to 5000 MTPD, a two-step reforming including a primary steam reformer followed by an
oxygen-blown secondary reformer is the preferred concept. The use of oxygen reduces the steam to
carbon ratio in the primary reformer, but additionally requires an air separation unit (ASU). Above a
capacity of 5000 MTPD, ATR is the only appropriate technology, as higher cost reductions associated
with the upscaling are achieved with an ASU than with tubular reforming.
An ATR reactor has a compact design, accommodating a combustion chamber and a catalytic
fixed bed, located in a refractory lined vessel. Oxygen or oxygen enriched air is deployed together
with steam to partially oxidize the methane intake according to reactions in Table 1. The partial
oxidation of methane is highly exothermic and results in high operation temperatures between
950–1400 ◦C (Table 1). To keep the temperature in a moderate range and to allow for adequate
hydrogen content, steam is fed to the inlet to initiate the endothermic SMR in reaction given in
Table 1. Asteam-to-carbon ratio (S/C-ratio) of 0.5–1.5 and an oxygen-to-carbon ration (O/C-ratio)
in the range 0.6–1.0 have been reported by different manufacturers. The composition of the syngas
produced by ATR has a typical S module in the range of 1–2 and a CO/CO2-ratio of 2.5–5.5 [5,28,29].
Furthermore, high conversion of methane is favored in a high-pressure range of 30–50 bar, which is
advantageous in terms of syngas compression. In comparison to SMR, the use of an ATR reduces
the steam requirement and therefore results in lower mass flow rates and smaller equipment size
of the downstream components. Additionally, the heat of reaction can be integrated to cover the
heat requirement of the pre-heating unit and other heat consumers. With respect to the synthesis of
methanol, ATR as a stand-alone reforming technology cannot fulfill the stoichiometric requirement.
Typically, the syngas composition is characterized by a hydrogen deficiency, which results in a lower
per pass conversion in the methanol reactor.
The dry methane reforming technology (DMR) is the third option of syngas production, which is
analyzed in the present work. DMR is a relatively new technology that is considered as a promising
carbon utilization concept [18,19]. According to the reaction in Table 1, methane reacts with carbon
dioxide over a nitrogen based catalyst to give hydrogen and carbon monoxide at a ratio of one.
Activation of the endothermic reaction requires a radiant furnace or convective heat input for a Gas
Heated Reformer (GHR). A thermodynamic analysis shows that the reaction is favored at temperatures
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above 900 ◦C and pressures in the range of 5–10 bar to attain high syngas yields. High temperatures
also reduce the deposition of carbon on the catalyst surface, which inevitably accompanies the DMR
reaction [12].
The bar chart in Figure 1 shows the typical range of the stoichiometric measure for the most
common syngas production technologies (from methane). The data have been recorded for the typical
operation parameters described above. The syngas from POX, ATR and DMR is highly reactive due to
the high CO/CO2-ratio, but is deficient in hydrogen. Vice versa, the syngas from SMR is characterized
by excess hydrogen and lower reactivity. The deviation of the S module from the ideal value of (S~2.05)
means losses in terms of methanol yield and causes avoidable costs in the synthesis unit. The sensitivity
analysis shows that a stand-alone reforming technology is not suitable for methanol synthesis.
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technologies. The composition is expressed by the three main stoichiometric modules.
The conv ntional y fired reform technology has a contributi n of above 60% t th overall cost
of a methanol plant. A future alternative reactor, the gas heated reformer (GHR), is associated with
potential cost savings and efficiency improvements. In principle, a gas-heated reformer has the same
characteristics as a conventional tubular fired reformer, whereby the heat is convectively transferred
from a hot flue gas (or steam) to the process gas. The once-through tubes of a SMR are substituted
by bayonet tubes in the GHR design, so th t the catalyst bed is hea ed from by flu ga a d product
gas from outsi e nd inside, respectively. In this work, the SMR unit in Cases II and III as well as
the DMR reactor in Case III are designed as a gas heated reactor. Further details on the design and
thermodynamics can be obtained from [30].
2.2. Methanol Synthesis
In the synth sis step, carbon monoxide and carbon dioxide react with hydrogen according to
the exothermic reactions (2) and (3). Additio ally, both acta ts are involved in the wa r gas shift
reaction (4), which strongly influences the reaction mechanism.
The generation of methanol is limited by chemical equilibrium and favored at low temperatures
and pressures. However, in order to obtain significant reaction rates, the synthesis is conducted in
the presence of a Ni/Zn/Al2O3 catalyst at temperatures between 200–300 ◦C and pressures between
50–100 bar, resulting in a yield of 5–14 mole-% methanol at the outlet [3,5,23,28]. The crude product can
be easily separated from the unreacted syngas through flashing near ambient temperature. The unreacted
syngas is recycled to the inlet of the reactor and combined with fresh make-up gas. As the synthesis
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gas contains impurities in the form of inert gases (methane, butane, propane), a small fraction has to
be purged from the loop. These features together with the metallurgical restrictions and the catalyst
properties determine the methanol synthesis reactor design and the configuration of the synthesis loop.
With respect to this study an indirect-cooled pseudo-isothermal reactor [29–31] and a direct-cooled
adiabatic quench reactor are investigated [32]. The synthesis concepts mainly differ in heat integration,
make-up gas introduction and removal of impurities. The isothermal reactor is modeled according to
the worldwide commercially used Lurgi Steam Raising Reactor, which is based on a tube shell design.
On the shell side, the released heat of reaction is raised as medium-pressure steam, which is typically
used in the reboilers of the distillation columns or for driving the syngas compressors. Regarding the
second concept, a multistage fixed bed reactor was chosen according to the design of Imperial Chemical
Industries’ (ICI) reactor. The quench design is the dominating technology for methanol production
with a market share of 70%. It consists of up to five fixed catalyst beds which are separated in one
reactor vessel. A part of the circulating gas is mixed with fresh, cold syngas and fed to the inlet of
the reactor. The remainder is injected as a quench gas between the catalyst beds to ensure an efficient
reactor cooling.
The sensitivity of the methanol fraction at the reactor outlet to the inlet composition is shown in the
ternary composition diagram in Figure 2 for equilibrium conditions of 50 bar and 250 ◦C. The area of optimal
syngas composition for maximum methanol production is identified by the elongated ellipse. The results
of the sensitivity analysis correspond to the stoichiometric measures given above. Furthermore, the syngas
compositions for three basic reforming technologies (SMR, ATR and DMR) and the three analyzed cases
are highlighted. Both reactor models were integrated under three different scenarios of syngas generation.
Due to kinetic limitations, the real methanol fraction at the outlet is far below equilibrium yield. Regarding
Lurgi’s isothermal reactor, the methanol outlet fraction was 6.9 mole-%, 10.5 mole-%, and 9.4 mole-% for
Cases I, II, and III, respectively.
Appl. Sci. 2017, 7, 1213 6 of 20 
unreacted syngas is recycled to the inlet of the reactor and combined with fresh make-up gas. As the 
synthesis gas contains impurities in the form of inert gases (methane, butane, propane), a small 
fractio  has to be pu ged from the loop. These features together with the metallurgical restrict ons 
and the catalyst properties determine the ethanol synt esis reactor design and the configuration of 
the synthesis loop. 
With respect to this study an indirect-cooled pseudo-isothermal reactor [29–31] and a direct-
cooled adiabatic quench reactor are investigated [32]. The synthesis concepts mainly differ in heat 
integration, make-up gas introduction and removal of impurities. The isothermal reactor is modeled 
according to the worldwide commercially used Lurgi Steam Raising Reactor, which is based on a 
tube shell d sign. On t  shell side, the released heat of reactio  is raised as medium-pressure steam, 
which is typically used in the reboilers of the distillation columns or for driving the syngas 
compressors. Regarding the second concept, a multistage fixed bed reactor was chosen according to 
the design of Imperial Chemical Industries’ (ICI) reactor. The quench design is the dominating 
technology for methanol production with a market share of 70%. It consists of up to five fixed catalyst 
beds which are separated in one reactor vessel. A part of the circulating gas is mixed with fresh, cold 
syngas and fed to the inlet of the reactor. T e remainder is injected as a quench gas between the 
catalyst beds to ensure a  efficient reactor cooling. 
The sensitivity of the methanol fraction at the reactor outlet to the inlet composition is shown in 
the ternary composition diagram in Figure 2 for equilibrium conditions of 50 bar and 250 °C. The area 
of optimal syngas composition for maximum methanol production is identified by the elongated 
ellipse. The results of the sensitivity analysis correspond to the stoichiometric measures given above. 
Furthermore, the syngas compositions for three basic reforming technologies (SMR, ATR and DMR) 
a d the three a alyzed c ses are highlighted. Both reactor models were integrated und r thre  
different scenarios of syngas generation. Due to kinetic limitations, the real methanol fraction at the 
outlet is far below equilibrium yield. Regarding Lurgi’s isothermal reactor, the methanol outlet 
fraction was 6.9 mole-%, 10.5 mole-%, and 9.4 mole-% for Cases I, II, and III, respectively. 
 
Figure 2. Ternary diagram for the methanol yield at an equilibrium pressure of 50 bar and an 
equilibrium temperature of 250 °C for a given inlet composition. The syngas composition for the basic 
reforming technologies SMR, ATR and DMR and the investigated cases are shown. 
A four-bed quench reactor based on [32] is integrated in the Cases I, II, and III in Figure 2. The 
distribution of the inlet gas and quench gas is subject to an optimization to maximize the methanol 
Figure 2. Ternary diagram for the methanol yield at an equilibrium pressure of 50 bar and an equilibrium
temperature of 250 ◦C for a given inlet composition. The syngas composition for the basic reforming
technologies SMR, ATR and DMR and the investigated cases are shown.
A four-bed quench reactor based on [32] is integrated in the Cases I, II, and III in Figure 2.
The distribution of the inlet gas and quench gas is subject to an optimization to maximize the methanol
yield at the reactor outlet. The simulation results show that the methanol mole fraction in the effluent
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is in a low range of 4–5 mole-% for all cases. This led to the exclusion of the quench reactor for
further investigations.
3. Methodology and Assumptions
For an analysis and evaluation of energy conversion systems, exergy analysis is a convenient and
powerful tool. The identification of thermodynamic inefficiencies within a process design, allows deriving
measures for subsequent design improvements. Furthermore, an economic analysis is conducted to
estimate the major costs involved in each scenario. The combination of both methods in an exergoeconomic
analysis is the basis for future design improvement.
With respect to the simulation in Aspen Plus V9 (Aspen Technology, Inc., Burlington, MA, USA,
2017), the major assumptions used for the three design cases are presented in Table 2. The thermodynamic
properties are calculated by employing the Redlich-Kwong-Soave equation of state for all units of the
process. Several kinetic models are implemented into the reactors to analyze the thermodynamics of the
reaction sets. Regarding the methanol synthesis, the reaction kinetic inputs to the RPLUG model are
based on a study by van den Bussche et al. [33], in which a Cu/ZnO/Al2O3 catalyst is used for methanol
conversion. The kinetics is described by the Langmuir-Hishlewood-Hougon-Watson (LHHW) model and
the parameters are taken from Luyben et al. [34]. Furthmore, Powerlaw kinetics based on [16] are used
for the SMR and the DMR unit. The combustion reactions in the ATR are assumed to reach equilibrium.
Table 2. Overview of major assumptions made for modeling the plant designs in Aspen Plus.
Component/System Unit Case I Case II Case III
General
Property Model Redlich–Kwong–Soave
Ambient Temperature ◦C 15 15 15
Ambient Pressure bar 1.013 1.013 1.013
Mechanical Efficiency % 99 99 99
Compressor isentropic efficiency % 85 85 85
Pretreatment (sub-system I)
Hydrogenolysis
Conversion rate of COS [35] % 99.5 99.5 99.5
Zinc Oxide Guard Bed
H2S absorption coefficient [35] % 99.9 99.9 99.9
Reforming Unit (sub-system II)
Steam reformer (SMR and GHR design)
Catalyst Density kg/m3 2000 2000 2000
Void Fraction - 0.5 0.5 0.5
Number of Tubes - 3500 6000 1600
Length m 12 10 15
Diameter m 0.1 0.01 0.1
Heat Transfer Coefficient kW/m2K 0.5 0.5 0.5
S/C-ratio - 3.5 0.5 1.0
Autothermal Reformer (The information refers to the catalytic bed of the ATR) and Dry Methane Reformer
Catalyst Density kg/m3 - 2500 2000
Void Fraction - - 0.5 0.5
Number of Tubes - - - 550
Length m - 7 13.5
Diameter m - 3 0.1
Heat Transfer Coefficient kW/m2K - - 0.5
O2/C-ratio, CO2/C-ratio - 0.55 0.5
Methanol Synthesis Unit (sub-system III)
Catalyst Density kg/m3 1775 1775 1775
Void Fraction - 0.5 0.5 0.5
Number of Tubes - 10,000 10,000 10,000
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Table 2. Cont.
Component/System Unit Case I Case II Case III
Methanol Synthesis Unit (sub-system III)
Length m 18 18 18
Diameter m 0.037 0.037 0.037
Heat Transfer Coefficient kW/m2K 0.28 0.28 0.28
Purge Ratio % 5 10 20
Purification (sub-system IV)
Topping Column
Reflux Ratio - 0.6 0.6 0.6
Distillate to Feed Mole Ratio - 0.3 0.1 0.1
Pressure Column
Reflux Ratio - 0.75 0.6 0.75
Distillate to Feed Mole Ratio - 0.9 0.95 0.95
Atmospheric Column
Reflux Ratio - 0.9 0.8 0.8
Distillate to Feed Mole Ratio - 0.77 0.95 0.95
Steam Cycle (sub-system V)
steam turbine (driver) isentropic efficiency - 0.92 0.92 0.92
condenser pressure bar 0.05 0.05 0.05
3.1. Exergy Analysis
An exergy analysis can be applied to investigate the real thermodynamic inefficiencies, which are
not accessible through a conventional energy analysis. The methodology is well established and has been
applied to thermal energy conversion systems as well as to chemical processes [36]. Ambient conditions
are assumed to be 15 ◦C and 1.013 bar, using the model of Szargut [37] for the determination of the specific
chemical exergy of a j-th stream. Taking into account steady-state conditions, the exergy destruction rate
.
ED,k within the k-th component is calculated as the difference between the exergy rate of fuel
.
EF,k and
exergy rate of product
.
EP,k .
ED,k =
.
EF,k −
.
EP,k (5)
The exergy rates of fuel and product for different components are defined according to the SPECO
approach [38]. Hereby, the exergy destruction rate
.
ED,k quantifies the thermodynamic irreversibilities
within the k-th component. Applying the exergy rate definitions, the exergetic efficiency εk for the k-th
component can be calculated as
εtot =
.
EP
.
EF
= 1−
.
ED
.
EF
(6)
The exergetic efficiency is a unique indicator which allows for a characterization of a system’s
component in terms of performance and comparability. Another important parameter is the exergy
destruction ratio, identifying the contribution of a single component to the reduction in exergetic
efficiency of the overall system.
yD,k =
.
ED,k
.
EF,k
(7)
The exergy analysis provides information which is not available by a conventional thermodynamic
analysis, identifies the main sources of thermodynamic inefficiencies, and develops first suggestions
of possible improvements. However, a thermodynamic improvement which aims at minimizing the
thermodynamic inefficiencies only represents a subcase of the general case of design improvement.
Additionally, an economic analysis is required to consider the total investment cost in the design
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improvement. Finally, an exergoeconomic analysis serves to assign monetary values to the thermodynamic
inefficiencies, occurring within the system components.
3.2. Economic Analysis
The completion of a chemical plant design requires estimation of the major costs involved in the
project. The total revenue requirement (TRR) method is applied to identify the costs associated with
total capital investment, the fuel, operation and maintenance, and with the final products. According to
the approach described in [36], the fixed-capital investment (FCI) is calculated as the sum of direct and
indirect cost.
The direct costs include the sum of onsite costs and offsite costs. Onsite costs include the
purchased equipment cost (PEC), cost of installation, piping, instrumentation and control as well
as cost for electrical equipment and materials. The PEC for pumps, heat exchangers, compressors,
and expanders is based on data from [39–41], whereas in the cost calculations of the distillation
columns also data from [42–45] were used. Cost estimations for the SMR, ATR and DMR units were
obtained from [39,40,45]. The modular method is applied along with an appropriate determination of
a bare-module factor for the calculation of the onsite costs of each piece of equipment [40]. All data are
brought to a common reference year (2016) by using the corresponding Chemical Engineering Cost
Indexes (CEPCI).
Regarding the offsite costs, civil, structural and architectural work is considered to be 30% of
the total PEC, while contingencies amount to 15% of PEC. Other outlays include allowance for funds
during construction, which are subject to an effective interest rate of 8% and a general inflation rate
of 2.5%. After starting the construction in 2013, 40% of the FCI was invested in mid-year 2014 and
the rest in mid-year 2015. The summation of the FCI and the other outlays gives the total capital
investment (TCI). The operation of the plants started in 2016 and the economic life-time is assumed to
be 20 years. The plants are operated with 8000 full load hours a year. The average price for natural gas
was determined based on the Henry Hub natural gas spot price and is 2.9 US$/GJ. Regarding Case II,
the costs for gaseous oxygen (GOX) were obtained from [46]. The fuel price is assumed to escalate by a
rate of 1% annually.
3.3. Exergoeconomic Analysis
An exergoeconomic analysis combines the results of an exergetic- and an economic analysis and
provides information that is not accessible through conventional analyses, but essential for the design
a cost-effective system. The objective of an exergoeconomic analysis is to identify the cost associated
with each inefficiency, and the relative cost importance of each component within the system. This is
achieved by applying the exergy-costing principle, where a specific monetary value c is assigned to
each stream of a plant. The product of the average cost cj and the total exergy rate
.
Ej results in the
cost rate
.
Cj that is assigned to stream j. For the exergoeconomic analysis, cost balances need to be
developed for each component resulting in a set of balance equations. The cost balance for component
k is expressed by
n
∑
j
(cj ×
.
Ej)k,in +
.
Zk =
m
∑
j
(cj ×
.
Ej)k,out (8)
The term
n
∑
j
.
Cj,in represents the sum of the cost rates associated with the n streams entering the
component, while
m
∑
j
.
Cj,out refers to the sum of the cost rates of the leaving streams. The variable
.
Zk
consists of the sum of the cost rates associated with capital investment (CI) and operation and maintenance
(O and M). When the number of exiting streams m is higher than one (m > 1), m− 1 auxiliary equations
are necessary. The F and P principles are applied to determine the auxiliary equations [38]. An outcome
of the analysis is the cost rate associated with the exergy destruction
.
CD,k, which is calculated from
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the specific cost of the fuel for the component (cF,k) times the corresponding exergy destruction
.
CD,k.
The exergoeconomic evaluation identifies the components with the highest cost impact which is denoted
by the sum of the cost rates associated with exergy destruction and investment (
.
CD,k +
.
Zk). In addition,
the relative cost difference rk and the exergoeconomic factor fk are used to evaluate the relative cost
increase between cF,k and cP,k.
rk =
cP,k − cF,k
cF,k
(9)
fk =
.
Zk
.
Zk +
.
CD,k
(10)
The results of the exergoeconomic evaluation facilitate an iterative optimization of the systems
and contribute to the improvement of the cost effectiveness of the overall system. By considering the
exergoeconomic variables, design changes and changes of the decision variables can be determined
to achieve compromises between the investment cost and the cost of exergy destruction in each
important component.
4. Case Studies and Process Description
The investigations are carried out for three design cases of commercial methanol production,
which mainly differ in terms of the reforming technology (sub-system II), heat integration concept
(sub-system V) and total capacity. Common to all designs is a pretreatment unit for desulphurization of
natural gas (sub-system I), a methanol synthesis in conjunction with a recycling of unconverted syngas
(subsystem III) and the distillation unit for crude product purification (sub-system IV). The three cases
refer to
1. conventional SMR with low-pressure methanol synthesis for a production capacity of 2200 MTPD,
2. a serial two-step configuration of SMR and ATR with low-pressure methanol synthesis for a
production capacity of 4750 MTPD, and
3. a parallel configuration of SMR and DMR with low-pressure methanol synthesis for a production
capacity of 5000 MTPD.
A flow sheet and the corresponding stream data for Cases I, II and III are given in Figures 3–5,
and in Tables 3–5, respectively. The plant designs differ considerably in terms of thermodynamics
and economics. The use of different reforming technologies and reforming agents results in a varying
effluent composition and mass flow rates from sub-system II. This has implications on the required
syngas conditioning technology, the size of the syngas compression unit and on the performance of
the methanol synthesis unit. Thus, deviations from the ideal composition signify a lower selectivity
and conversion, and consequently higher recycle ratios in the synthesis unit (Figure 2). This affects the
size of the compressors negatively and results in increased electricity consumption.
In Case I, water is used at a S/C-ratio of 3.5 to result in a low methane slip of 1 mole-% (stream
6). The tubular SMR takes place at 25 bar and is fired by natural gas in a furnace (R-04). Two large
compressors CM-02 and CM-03 feed air to the combustion process. The syngas contains excess
hydrogen and has a H2/CO-ratio of 5, which is far above the stoichiometric requirement of the
synthesis (S module ~2). For syngas adjustment, the syngas is blended with a CO2 (stream 9). Due to
the high CO2 mole fraction, the composition is outside of the ideal composition range (elongated ellipse)
in Figure 2, resulting in a low methanol yield of 6.7 mole-%. Accordingly, the recycle-to-feed-ratio
(RTFR) has a relatively high value of 7.7. After the synthesis, the process gas passes a flashing unit to
separate the liquid crude product from gaseous components (stream 12 and 13). Within the distillation
columns, methanol is separated from light ends (butane, propane) and water. A purified stream of
31.3 kg/s methanol is produced according to a methane intensity of 1.86 kgCH3OH/kgCH4.
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Table 3. Stream data of the methanol plant with steam–methane reforming (Case I).
Stream Units 1 2 3 4 5 6 7 8
.
m kg/s 16.88 16.90 1.31 18.20 1634.26 40.22 26.19 1586.00
t ◦C 15.00 124.57 550.00 509.55 884.75 117.10 15.00 15.00
p bar 10.00 29.00 29.50 26.70 6.50 50.00 10.00 1.01
xH2 % (mole) 0.00 0.00 0.00 0.00 0.00 75.74 0.00 0.00
xCO % (mole) 0.00 0.00 0.00 0.96 0.00 15.59 0.00 0.00
xCO2 % (mole) 0.70 0.72 0.00 0.68 3.68 7.60 0.70 0.00
xCH4 % (mole) 94.90 94.81 0.00 91.17 0.00 0.69 94.90 0.00
xH2O % (mole) 0.00 0.08 100.00 5.74 7.62 0.00 0.00 0.00
xCH3OH % (mole) 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
e MJ/kg 49.66 49.79 1.49 46.85 0.73 25.07 49.66 0.00
Stream Units 9 10 11 12 13 14 15 16
.
m kg/s 13.50 351.62 351.62 276.06 2.40 58.62 31.32 1630.63
t ◦C 45.00 250.00 38.00 38.52 38.00 38.00 70.97 100.00
p bar 50.00 50.00 49.30 48.50 2.00 2.00 1.30 4.80
xH2 % (mole) 0.00 67.99 63.84 69.46 3.03 0.00 0.00 0.00
xCO % (mole) 0.00 10.18 8.81 9.58 0.99 0.00 0.00 0.00
xCO2 % (mole) 100.00 15.88 15.40 16.50 81.24 0.65 0.00 3.67
xCH4 % (mole) 0.00 2.09 2.25 2.45 1.33 0.00 0.00 0.00
xH2O % (mole) 0.00 0.05 1.75 0.05 0.95 21.65 0.08 7.55
xCH3OH % (mole) 0.00 2.65 6.70 0.62 12.08 77.69 99.92 0.00
e MJ/kg 0.65 18.64 18.34 18.30 3.10 19.20 22.42 0.17
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Figure 3. Process flow sheet of the methanol plant with steam–methane reforming (Case I). 
With respect to Case II, syngas generation is conducted in a serial two-step reforming unit, using 
steam and oxygen as reforming agents (stream 3 and 5 in Table 4). The heat of the ATR (R-05) is 
recovered as medium pressure steam, which is provided as a heat source to the tubular SMR (R-04). 
Thereby, the configuration avoids the need for natural gas as a fuel. Additional heat is provided to 
the heat recovery steam generator by the combustion of a purge stream (stream 12) in R-07. The 
integration of the ATR reduces the load and the size of the SMR with a low S/C-ratio of 0.5. The 
conversion is completed by combustion with 45 kg/s oxygen (stream 15). The resulting syngas 
composition is in the range of high methanol yield in Figure 2-the H2/CO-ratio is 2.1 and the mole 
fraction of carbon dioxide is low (stream 6). Downstream, water is rejected in drum D-01 to shift the 
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With respect to Case II, syngas generation is conducted in a serial two-step reforming unit,
using steam and oxygen as reforming agents (stream 3 and 5 in Table 4). T e heat of the ATR (R-05)
is recov d as medium pressure steam, which is provided as heat source to t tubular SMR (R-04).
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Thereby, the configuration avoids the need for natural gas as a fuel. Additional heat is provided to the
heat recovery steam generator by the combustion of a purge stream (stream 12) in R-07. The integration of
the ATR reduces the load and the size of the SMR with a low S/C-ratio of 0.5. The conversion is completed
by combustion with 45 kg/s oxygen (stream 15). The resulting syngas composition is in the range of
high methanol yield in Figure 2—the H2/CO-ratio is 2.1 and the mole fraction of carbon dioxide is low
(stream 6). Downstream, water is rejected in drum D-01 to shift the composition to the product side of
WGS reaction and to initiate the reverse water gas shift reaction (RWGS). Accordingly, the small excess
of hydrogen reacts with carbon dioxide to increase the carbon monoxide content. The application of a
further syngas conditioning unit results in a methanol yield of 10.4 mole-% and an RTFR of 2.13. A stream
of 55.1 kg/s methanol is produced corresponding to a methane intensity of 1.23 kgCH3OH/kgCH4.
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Figure 4. Process flow sheet of the methanol plant with steam-metha tothermal reforming in
serial configuration (Case II).
Table 4. Stream data of the methanol plant with steam–methane and autothermal reforming in serial
configuration (Case II).
Stream Units 1 2 3 4 5 6 7 8
.
m kg/s 43.89 43.91 71.35 56.75 45.39 116.75 92.59 403.90
t ◦C 15.00 132.92 551.78 1157.35 550.00 1210.13 1168.38 231.80
p bar 10.0 38.35 37.8 39.3 30. 0 31.00 3 .00 3.00
xH2 % (mole) 0. 0. 0 0. 0 0.0 0.00 55.26 62.10 0.00
xCO % (mole) 0.00 0.00 0.66 0.00 0.00 25.49 32.16 0.00
xCO2 % (mole) 0.70 0.72 0.45 0.00 0.00 2.69 0.73 0.00
xCH4 % (mole) 94.90 94.86 62.08 0.00 0.00 0.00 0.01 0.00
xH2O % (mole) 0.00 0.02 35.83 1.00 0.00 16.10 4.49 0.00
xCH3OH % (mole) 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
e MJ/kg 49.66 49.87 31.62 2.60 0.61 18.68 22.87 0.16
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Table 4. Cont.
Stream Units 9 10 11 12 13 14 15 16
.
m kg/s 429.16 320.66 320.66 25.26 71.35 2.86 55.08 429.16
t ◦C 1155.90 241.75 38.00 38.00 551.78 96.74 70.96 276.81
p bar 2.50 49.00 45.00 45.00 37.80 3.00 1.30 1.20
xH2 % (mole) 0.00 60.54 53.50 59.35 0.00 0.00 0.00 0.00
xCO % (mole) 0.00 34.55 31.88 35.35 0.66 0.00 0.00 0.00
xCO2 % (mole) 4.99 1.87 2.14 2.30 0.45 0.00 0.00 4.99
xCH4 % (mole) 0.00 0.03 0.04 0.04 62.08 0.00 0.00 0.00
xH2O % (mole) 7.90 0.00 0.07 0.00 35.83 14.11 0.00 7.90
xCH3OH % (mole) 0.00 1.37 10.44 0.81 0.00 85.89 99.99 0.00
e MJ/kg 0.92 20.40 19.93 19.35 0.03 20.56 22.43 0.13
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Case III uses the parallel reforming configuration that is shown in the flow sheet in Figure 5. 
Since the reaction in the DMR (R-04) favors high conversion rates at low pressure, the entire 
reforming unit needs to be operated at two different pressure levels. This requires the additional 
compressors CM-01 and CM-02 for the DMR (R-04) and the SMR (R-05) process line. 
Both reactors are designed as tubular gas-heated reformers to transfer heat from the combustion 
gases (stream 9) to the tubes. Due to the high heat demand of the reforming unit, a purge ratio of 0.2 
(stream 14 in Table 5) is selected to keep the fuel consumption (stream 8) in a moderate range. 
However, large, steam-turbine-driven compressors CM-03 and CM-04 are required to feed air to the 
combustion chamber R-06. A stream of 60 kg/s CO2 is fed as reforming agent to the DMR to result in 
methane slip below 1 mole-%. The syngas from R-04 contains a high fraction of CO2, which is lowered 
by blending the product with syngas from the SMR unit. The composition of the synthesis inlet flow 
(stream 12) is slightly deficient in H2 (H2/CO-ratio = 1.88) and rich in CO2, which reduces the reactivity 
and the conversion rates of the reactants. The effluent from reactor R-07 contains 9.4 mole-% 
methanol. The relatively high purge ratio causes a low RTFR of 1.78. 
Figure 5. Process flow sheet of the methanol plant with parallel steam-methane and dry reforming
(Case III).
Case III uses the parallel reforming configuration that is shown in the flow sheet in Figure 5.
Since the reaction in the DMR (R-04) favors high conversion rates at low pressure, the entire reforming
unit needs to be operated at two ifferent pre sure levels. This requires the additional compressors
CM-01 and CM-02 for the DMR (R-04) and the SMR (R-05) process line.
Both reactors are designed as tubular gas-heated reformers to transfer heat from the combustion
gases (stream 9) to the tubes. Due to the high heat demand of the reforming unit, a purge ratio of 0.2
(stream 14 in Table 5) is selected to keep the fuel consumption (stream 8) in a moderate range. However,
large, steam-turbine-driven compressors CM-03 and CM-04 are required to feed air to the combustion
chamber R-06. A stream of 60 kg/s CO2 is fed as reforming agent to the DMR to r ult in methane slip
below 1 mole-%. The syngas from R-04 contains a high fraction of CO2, which is lowered by blending
the product with syngas from the SMR unit. The composition of the synthesis inlet flow (stream 12)
is slightly deficient in H2 (H2/CO-ratio = 1.88) and rich in CO2, which reduces the reactivity and
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the conversion rates of the reactants. The effluent from reactor R-07 contains 9.4 mole-% methanol.
The relatively high purge ratio causes a low RTFR of 1.78.
Table 5. Stream data of the methanol plant with parallel steam-methane and dry reforming (Case III).
Stream Units 1 2 3 4 5 6 7 8
.
m kg/s 45.58 45.60 73.77 59.29 71.74 71.74 73.77 22.79
t ◦C 155 155.13 634.11 550.00 700.00 360.87 798.65 15.00
p bar 9.90 9.19 30.00 9.00 8.64 29.50 29.70 5.00
xH2 % (mole) 0.00 0.00 0.00 0.00 0.00 25.60 68.82 0.00
xCO % (mole) 0.00 0.00 50.01 0.00 0.34 52.11 22.42 0.00
xCO2 % (mole) 0.70 0.72 0.34 1.00 64.52 6.99 0.78 0.70
xCH4 % (mole) 94.90 94.87 47.37 0.00 32.15 0.31 3.08 94.90
xH2O % (mole) 0.00 0.02 51.03 0.00 2.48 14.67 4.48 0.00
xCH3OH % (mole) 0.20 0.20 0.00 0.00 0.00 0.00 0.00 0.20
e MJ/kg 49.73 49.70 24.33 0.82 8.81 10.42 28.56 49.57
Stream Units 9 10 11 12 13 14 15 16
.
m kg/s 1996.38 1996.38 1904.12 420.90 420.90 69.46 58.41 1996.38
t ◦C 1151.02 893.41 15.00 250.00 38.00 38.01 70.96 320.08
p bar 4.50 4.00 1.01 50.00 47.00 48.50 1.30 2.25
xH2 % (mole) 0.00 0.00 0.00 54.35 47.55 52.35 0.00 0.00
xCO % (mole) 0.00 0.00 0.00 31.71 28.33 31.17 0.00 0.00
xCO2 % (mole) 4.99 4.99 0.00 7.01 8.61 9.21 0.00 4.99
xCH4 % (mole) 0.00 0.00 0.00 4.34 5.03 5.52 0.00 0.00
xH2O % (mole) 8.05 8.05 0.00 0.62 0.24 0.00 0.00 8.05
xCH3OH % (mole) 0.61 0.00 0.00 1.23 9.39 0.79 1.00 0.00
e MJ/kg 25.22 0.71 0.01 18.70 18.29 17.67 22.43 0.22
5. Results
5.1. Exergy Analysis
A conventional exergetic analysis is conducted to evaluate the real inefficiencies within the
processes. The bar chart in Figure 6 shows a comparison of the results of the exergy analysis for the
three design cases.
The process design in Case I has a low exergetic efficiency of 28.15% since only a limited amount
of the exergy of fuel (methane as process gas) can be converted to the exergy of product. The major
part of the exergy of fuel (methane as fuel) is used to drive the process by providing heat to the SMR
unit. Exergy destructions are mainly caused by the combustion process within the SMR furnace and
the heat transfer within several heat exchangers.
In Case II all of natural gas and oxygen (exergy of fuel) can be used directly in the process line to
produce methanol. Although the production capacity of Case II exceeds that of Case I, less exergy of
fuel is required. The energy demand of the SMR unit is satisfied by recovering the heat from partial
oxidation in the combustion zone of the ATR. As a consequence, the combustion of the purge gas from
the synthesis unit is sufficient to cover the energy demand of the remaining units. The combustion
of only a small amount of gas reduces the exergy destruction and eventually also the exergy losses.
In summary, the second case is of high thermodynamic performance having an exergetic efficiency of
55.6%.
Case III has the highest production capacity (exergy of product) of all processes. Both, the DMR
and SMR are highly endothermic processes, which require the supply of additional exergy of fuel to
drive the reactions. To reduce the amount of extra fuel (equal to Case I), a high amount of process gas
is purged and recycled to the furnace R-06, causing a reduction in the exergy of product. As in Case
I, the exergy losses are mainly assigned to the flue gas leaving the system with stream 16. Most of
the exergy destruction occurs within the furnace R-06, the GHR R-04, the DMR R-05 and some heat
exchangers in sub-system V. This process design has an exergetic efficiency of 41%.
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The total capital investment for Case I amounts to 520 mil. US$, while it is 420 mil. US$ for Case II
and 640 mil. US-$ for Case III. As shown in Figure 7, the total capital investment per ton of methanol
is the highest for Case I. The plant design requires large air compression units and an SMR furnace,
which are both capital intensive. Also in case III, the largest investment is assigned to the air- and
syngas compressors (CM-03–CM-06) as well as the furnace R-06. The i vestment for th synthesis
reactor R-07, the DMR R-04 and the GHR R-05 is of minor significance, because these components are
designed as tubular shell and tube heat exchangers with high temperature materials. Despite of the
higher production capacity of the plant in Case II, the investment is lower than for the design in Case I.
This is due to the smaller sizes of the ir omp ession unit, the fur ace, and all other components in
the flue gas line. The current price (May 2017) per ton of methanol of the main supplier Methanex on
the largest sales market Asia is 350 US$. Taking this into account, the plant in Case I is economically
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not feasible. Due to the economies of scale effect, the plant designs with a combination of different
reforming technologies at higher capacities can produce at a competitive cost.
5.3. Exergoeconomic Analysis
The exergoeconomic analysis represents a unique combination of an exergetic analysis and an
economic analysis. For all design cases, a ranking of components according to their cost influence
is given in Table 6. For a comparison of the cases with different capacity, the cost rate associated
with the investment and the exergy destruction (
.
CD,K +
.
ZK) is related to the exergy of product.
In addition, an objective for improvement can be derived for each component by considering the
exergoeconomic factor fk. High values of fk suggest a decrease of the investment cost, while low
values recommend an increase in the exergetic efficiency in order to reduce the cost rate associated
with the exergy destruction.
In particular, the combustion units, the air and syngas compressors, and the turbomachinery
have a high cost impact. Single heat exchangers in the heat recovery unit (sub-system V) also have a
significant influence on the expenses. Gas- and steam heated tubular reactors (R-05 in Case I, R-04 and
R-08 in Case II, R-04, R05 and R07 in Case III) have comparatively small cost rates. In the following,
the most important components of the cases are discussed.
Table 6. Comparison of the cases using results from the exergoeconomic analyses.
Nr.
Case I Case II Case III
Comp. fk [-]
(
.
CD,k +
.
Zk)/
.
EP
[$/MWh]
Comp. fk [-]
(
.
CD,k +
.
Zk)/
.
EP
[$/MWh]
Comp. fk [-]
(
.
CD,k +
.
Zk)/
.
EP
[$/MWh]
1 R-04 0.09 16.42 R-09 0.01 13.46 R-06 0.10 8.62
2 CM-01 0.92 5.95 MP-EVA 0.00 9.95 LP-ECO 0.00 3.58
3 CM-02 0.92 5.95 CM-02 0.83 4.63 MP-ECO 0.00 3.20
4 T-01 0.83 1.30 MP-ECO 0.00 3.49 T-01 0.37 2.73
5 T-02 0.83 1.30 C-02 0.13 1.62 CM-03 0.82 2.49
6 CM-06 0.95 1.11 T-01 0.14 1.49 CM-04 0.82 2.49
7 CM-04 0.95 0.94 CM-05 0.54 1.43 CM-01 0.89 1.28
8 C-02 0.38 0.92 R-05 0.24 1.22 CM-02 0.87 1.15
9 C-01 0.22 0.70 CM-06 0.48 0.97 T-02 0.70 0.99
10 R-05 0.50 0.52 CM-01 0.80 0.89 R-05 0.06 0.86
The direct fired steam reformer in Case I has the largest effect on the overall cost, because of the
cost of exergy destruction within it. Large irreversibilities are related to the mixing of natural gas,
purge gas and air as well as to the combustion reaction and the heat transfer to the tubes. Furthermore,
the syngas reacts with steam in a highly irreversible catalytic reaction taking place within the tubes.
The low value of the exergoeconomic factor indicates the dominant cost influence of the irreversibilities
within this component. Mainly due to the high investment cost, the air compressors CM-01 and CM-02
are rated to positions two and three. The f -value is close to one, suggesting a decrease in investment
cost by accepting larger irreversibilities. This also applies to the components T-01, T-02, CM-04 and
CM-06, whereby their influence on the overall cost is of lower significance.
In Case II the furnace R-07 is ranked to position number one, having the highest relative cost
impact among all components. This is due to the destruction (to a large extent) of the costly exergy
stream of the purge gas from the synthesis loop (stream 12) and the costly exergy stream from the air
compression unit. Downstream of R-07, the high cost impacts of the medium pressure evaporator
(MP-EVA) and the economizer (MP-ECO) are accordingly caused by the supply of costly exergy
(flue gas) in conjunction with the high irreversibilities due to heat transfer. The high specific cost of
the flue gas (stream 9 in Table 5) also results from the investment cost of the air compression unit
(CM-02), which is rated to position number three. The component has an exergoeconomic factor
of fk = 0.83, which recommends a reduction of the investment cost by accepting higher exergy
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destruction. At position number five, the costs of the refining column C-02 are mainly assigned to
the exergy destruction caused by heat transfer. The expander T-01 is rated to position number six,
whereby the relative cost rate is mainly caused by the exergy destruction within it. The combustion
chamber of the ATR R-05 is associated with a high cost because of the irreversibilities caused by the
POX reaction. In addition, the syngas compressors are listed at position seven and nine. The f -value
shows a balance of the cost impact through exergy destruction and investment, so that no decision for
improvement can be derived here.
As in Case II, the furnace R-09 also has the highest relative cost impact among all components in
Case III. The low-pressure and medium-pressure economizers are rated to position number two and
three, whereby the cost related to exergy destruction have a dominant role. Here, the cost of the exergy
of fuel cF has less influence than the large irreversibilities due to heat transfer at large temperature
differences. The f -factor implies a reduction of the irreversibilities by increasing for example the area
of the heat exchangers. The cost of the low-pressure turbine (T-01) is mainly caused by irreversibilities
due to friction of droplets in the last stages of the expander. The turbine has a steam quality of x = 0.93
at the outlet. Having a smaller relative cost impact, a set of compressors follows on the positions 5–8.
As with all other compressors, the investment costs mainly cause the relative cost rates associated
with these components: the steam-turbine-driven air compression units (CM-03 and CM-04) and the
compressors for pressure control in the reforming (CM-01 and CM-02) unit have an f-value between
0.8 and 0.9. An interesting observation can be made for the gas-heated reactors, the cost impact of
which is relatively low. The design of such reactors is similar to a shell and tube heat exchanger and
therefore not capital intensive. Moreover, convective heat transfer substitutes the highly irreversible
radiant heat transfer from direct firing of fuel in a furnace. In addition, the temperature profiles are
regulated for relatively small temperature differences and low exergy destruction.
6. Conclusions
In the present study, an exergy analysis, an economic analysis and an exergoeconomic analysis
were conducted to evaluate different plant designs of methanol production from natural gas from a
thermodynamic and an economic point of view. The exergy concept provided information concerning
the real thermodynamic inefficiencies within each component and the overall systems. Subsequently,
an economic analysis using the TRR method served for studying the economic feasibility of the designs.
The exergoeconomic analysis identified the components with the highest cost impact and revealed the
potential of a system improvement with respect to product cost minimization.
Regarding the three system designs, exergetic efficiencies of 28.2%, 55.6% and 41% were calculated
for Cases I, II, and III, respectively. The main sources of inefficiencies are related to chemical reactions
within furnaces and to heat transfer within several heat exchangers in the heat recovery steam generator.
The findings of the economic analysis show that Case I is economically not feasible considering
current market prices for methanol. Design Cases II and III at higher production capacities produce
methanol below the current market price and have an amortization of three and six years, respectively.
The exergoeconomic analysis revealed that the furnaces of the reforming unit have the highest cost
impact of all components. Furthermore, the investment cost of the air and syngas compression units
have a significant contribution to the overall cost. In particular, several heat exchangers in the heat
recovery unit offer a high potential for further cost reductions.
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